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Abstract

A simple and thermodynamically consistent method is presented to establish an equation of state for mixtures by using activity coefficiel
model parameters. All current solution models such as NRTL, van Laar, UNIFAC, or any other thermodynamic model can be used. The ma
feature of the method presented is that only a single scaling factor value determined at a given reference temperature is required to prec
the vapor—liquid equilibria in a wide range of temperature and pressure. The performance of the method is tested on the prediction of tl
vapor-liquid equilibria atlow, moderate, and high pressures for six binary systems (methanokne, acetoravater, methanetacetone,
methanol-water, ethanctwater, and 2-propaneiwater) and a ternary system (acetemeater—methanol). For comparison, vapor—liquid
equilibrium calculations were carried out with the Wong and Sandler method by using the PRSV equation of state associated with the ve
Laar and scaling factors. On the whole, it is found that at high pressures both methods give similar predictions but at low pressures tf
proposed method gives sometimes better results than that of Wong and Sandler method. © 2000 Elsevier Science S.A. All rights reserv
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1. Introduction mined at low pressures but the extension of these models to
high pressures was no longer satisfactory. Since then, many
Using equations of state associated with excess functionefforts have been devoted to the development of methods
models usually perform the representation of thermody- allowing the extrapolation toward high pressures of mod-
namic properties of mixtures at high temperatures and pres-els depending on parameters determined at low-pressure
sures (see [1-23]). Huron and Vidal [1], who pointed out ranges. In other words, it is necessary to determine a ‘scal-
the relation existing between equation of state mixing rules ing factor’ between the excess function model and the
and the excess free energy models, initiated this develop-equation of state considered.
ment. In particular, these authors derived their equations for Thus, Gupte and Daubert [3] and Gani et al. [4] consid-
the dense fluid (infinite pressure reference) of the equationered the van der Waals equation of state associated with the
of state. Therefore, equations of state derived from this for- UNIFAC model (cf. [24]) and a volume-dependent scaling
malism make possible to correlate phase equilibria at high factor. Michelsen [6,7] applied the Soave—Redlich—Kwong
temperatures; however, a drawback of this procedure is that[25] equation of state together with the Wilson model hav-
the parameters of the excess Gibbs free models must béng a temperature-dependent scaling factor. Similarly, Hei-
fitted to experimental data at high temperatures. That is, it demann and Kokal [8] proposed to associate cubic equations
is impossible to simply insert excess free models regressedof state with the NRTL model [26] and a scaling factor de-
from low-pressure data into equation of state mixing rules termined at low pressure. More recently, Wong and Sandler
without refitting the model parameters. [13] used the Peng—Robinson [27] equation of state, as ap-
Later, Mollerup [2] suggested a method of associating plied by Stryjek and Vera [28], in conjunction with the NRTL
an equation of state to excess functions with reference tomodel and a scaling factor introduced in the second virial
the zero pressure. With this formalism, it was possible to coefficient expression. Nevertheless, it should be mentioned
directly use the parameters of the excess Gibbs model deterthat any combination of excess Gibbs free energy functions
with equations of state using Vidal based mixing rules, does
* Corresponding author. Fax:52-5-368-9203. not reproduce the ideal solution. Therefore, as shown by
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Wilczek-Vera and Vera [29], to obtain ideal behavior, excess the Peng—Robinson [27] equation of state fealkanes.
Gibbs free functions different from zero are required. Besides, Solimando et al. [34], in a comparative study of
In this work, we have considered the formalism of equa- several equations of state derived from the van der Waals the-
tions of state associated with excess function models with ory, selected models able to represent PVT properties of hy-
reference to the constant packing fraction as defined bydrocarbons of various sizes and structures in large pressure
Péneloux et al. [30]. This formalism, based on the lattice and temperature ranges. Experimental data of vapor-liquid
model in the zeroth approximation, is considered to be more equilibria (vapor pressures and liquid volumes) and PVT
general since it can be applied either to cubic or non-cubic properties of compressed fluids were systematically com-
equations of state and stands between the limits of zero andpared with results obtained using selected equations of state.
infinite pressure. Consequently, we propose a simple methodThese authors showed that only the complex equations of
for utilization of activity coefficient models in which the pa- state (especially the Chain of Rotators [35] equation) are
rameters are estimated at low pressure and at a single tempeible to represent volumetric properties in wide temperature
ature. The scaling factor considered here takes into accountand pressure ranges, including the critical region.
the limit of the excess Gibbs model at infinite pressure. It is worth noting that the constant packing fraction ref-
In order to test the proposed method, it was applied to the erence does not lead to zero mixing volumes since the com-
prediction of vapor-liquid equilibria of binary and ternary pressibility factors of pure compounds, are estimated for
systems at low and high pressures by using the van Laar,the packing fraction of the mixture at the given temperature
NRTL, and the modified UNIFAC [31] activity coefficient and pressure and not for the pure-component packing frac-
models. The results obtained on binary mixtures were com-tion, »;, at the same temperature. Thus, in the formalism
pared to those obtained by using the method of Wong.et al of equations of state associated with excess functions using
[13]. the reference packing fraction, the compressibility factor of
a mixture atp components is written as

p
2. Formulation of the problem and approach proposed 1 B a4 E 4
=1 Elx, HRTS M +2 (4)
In the formalism of equations of state associated to an B

excess function model with reference to the constant packingwhere Q' (n) is the packing fraction function depending on
fraction,n = b/v, the compressibility factog, of a mixture the equation of state considered. Since the excess compress-

containingp compounds is written as ibility factor, &, depends on both the composition and the
) packing fraction, then we can expredsas follows:
T =Y xiz(T, ) +5(T,n, 1 E(T,x
(T, 0. x) ;xz( m +2-(T,n.x) ®  e_ (RT)F(n) ®)

wherez is the compressibility factor of pure componént  where E(T,x) is the excess free energy which can be
calculated for the mixture packing fraction,= b/v, and expressed with any of the classical forms of the excess
ZF is the excess compressibility factor estimated from the functions (e.g. van Laar, NRTL, UNIQUAC, UNIFAC) or
excess Helmholtz free energdf, which can be written as  derived from a given mixing rule. Of course, it is impor-
£ tant to mention that several expressions for the packing
E(T.x) = n[aA (T,n,x)/RT} @) fraction function F(y) can be chosen under the condi-
an T.x tion that its extrapolation toward the zero value of the
packing fraction must satisfy the virial development. This
procedure was also used by Lermite and Vidal [36] with
the Simonet—-Behar—Rauzy [37] equation of state and by
Solimando et al. [38] with an augmented version of the
Peng—Robinson equation of state.

In this work, the one-fluid model is considered in the
formulation of the method in such a way that the function
whereA andA* are the Helmholtz free energy of the mixture F(n) is equal toQ'(n). On this basis, the compressibility
and that corresponding to the ideal gas state, respectivelyfactor can be written as
while A; and A} are the Helmholtz free energy of pure 1 a
component and that corresponding to the ideal gas state. 7= 1, ﬁQ'(n) (6)

. N . n

The expression of the compressibility factor given by
Eg. (1) is a general one, since any type of equation of statewhere
can be used for each pure component. For instance, in mix- p
tures of carbon dioxide with-alkanes, Rauzy and Péneloux ¢ _ le, 4 E(T,x) (7)

[32] used the IUPAC [33] equation for carbon dioxide and 2 i bi

with
AR(T, 0, x) =[A(T, n.x) — AT, n.x)]

p
=Y xi [Ai(T, ) — AF(T, n)] €

i=1
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and 2.1. Proposed expression for the excess free energyfE(T,
p
b= Zx,-b,' 8) The expression for the excess Gibbs free energy we pro-
o1 pose in this work is based on the model of Péneloux et al.

[30] at constant packing fraction and on the compatibility

A detailed description of the compatibility between the with the Huron and Vidal's based mixing rules [1] at very
reference state at constant packing fraction and its limit to high temperatures and pressures.
high pressure and temperature, and that at infinite pressure For a binary mixture, Eq. (7) can be applied by using the
[1], is given in Appendix A. following relation for the excess free energy:

By introducing the following function into Eq. (6)

E(T,x1,x2)  INyu(T, x1,x2) | Inya(Tpy, x1, %2)
©) RT 7 @ 7 @)
r21=1%12 (14)

n

g = A+ c1n) L+ can)

we can get different cubic equations of state depending on
the values of the constants and c,. Thus, for example, ~ where y1(T%. x) and y2(T(, x) are the activity coeffi-
with ¢;=0 andcp=1, the Redlich-Kwong [39] equation of ~ cients of components 1 and 2, respectively, evaluated at
state is obtained. the reference temperaturéloz, and 112(T) is the binary

In this work, the Peng—Robinson equation of state ex- temperature-dependent scaling factor which is given by
pressed in terms of a translated volume wi=0 and

c2 = 24 24/2, as suggested by Rauzy [40], was used along 1 _1+h/T (15)
the equilibrium calculations. However, it is well known r12(T) Moo

that an excellent correlation of the pure-component vapor i,

pressures is a requirement for accurate prediction of the

vapor-liquid equilibria of mixtures. Hence, the temperature- (oo — 20T,

dependent function of equation of state energy parameter”12 = T (16)

a must be carefully chosen to reproduce pure-component

vapor pressures. Consequently, we have chosen thayhere)?, is the scaling factor which, using an equation of
Carrier-Rogalski-Péneloux [41] correlation for function state, ailows a satisfactory representation of vapor—liquid or
a(T) in our calculations. We refer to this as the translated |iquid—liquid phase equilibrium data at the reference tem-
PRCRP equation of state, and it is given in Appendix B. - perature7?, and i, is the limit value of12 at infinite

It is worthwhile pointing out that the choice of the van  temperature.
Laar model for the excess functi@(T, x), given in Eq. (7), It is important to notice that to find the Huron—Vidal for-
is equivalent to the use of the classical quadratic mixing rules malism at high temperature and pressure, the scaling factor
with a single binary interaction parameter. Indeed, there is , s equal to the functio®(y=1), (see Eq. (A.2)). Accord-

equivalence in using the expression ing to Eq. (14), it can be seen that the activity coefficients,
pop yi, used for the calculation of the excess functk(T, x),
E(T,x) = }sz,x ) bibj E:. are independent of the temperature other tﬁ@zn
' 2454 Top T In the case of mixtures with components, Eq. (14) can-
T not be directly extrapolated since the activity coefficient
Eji=Ey Ei=0 (10) irectly extrap i ivity ici

of componenti takes into account the interactions between

componeni with all other componentgk, ..., so that the

corresponding scaling factoks;, A, ... are usually differ-
PP ent, even at the same reference temperaften order to

a= Zinij(l —kij), kji =kij, ki =0 (11) overcome this problem, the following two procedures were
i=1j=1 considered:

For models such as the van Laar or the NRTL equation,
in which the activity coefficient of componeitIny;, is
Jai expressed by a sum extended over all the binary interactions

Eij= (8 —8,)%+288kij, & = o (12) parameters, the excess free energy can be written as:
L

or the quadratic mixing rule,

with the following correlation between parameters:

We can also note that the van Laar model, Eq. (10), is @2.1.1. van Laar model

1Ltmiqufe rr:kc:del that(?”(')wﬁ obtipti.ontof the correct quadratic g(r, x) B 1ix ;’zlx,-(A?i/Aj,-) a7
orm for the second virial coefficient: =52 % )

a RT 2 k-G
B(T)=b — — (13)

RT and
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Ny 1X7a%i (A% /450 121’: Xj
MT) 2 3P acy 2j=1Zl€:1ka19j
0 0
o TR 2on=¥m Ay /2m)
Aij Y Z,’;:lka,?j

with

0
c® A cO=c0 =1 A% =A% =0

o 407 i JJ ? u JJ ’

whereA?j andA‘J?l. are the van Laar binary parameters at the

corresponding temperaturé‘#.

2.1.2. NRTL mode}) 0.0
2j=1%G 5 (T /2 ji)

(18)

(19)

where(gd — £9), (¢% — ¢, andaf; are the NRTL binary
parameters at the reference temperamj‘e

For other models, such as the UNIFAC equation, in which
each term of the activity coefficient, J, is divided by the
mean value; of all the binary scaling factors;; involved
in the mixture, the excess free energy can be expressed as:

2.1.3. UNIFAC model
E(T,x) _i Iny: (T°, x)

— 23
RT &7 % (@3)
where
Iny; (7% x) = InyCx) 4+ In yR(7° x) (24)

in andyl.R being defined by the UNIFAC model [31].

P
E(T,x
20 gy, (20)
RT ; Yl Gy icati
i=1 = ! 3. Application of the approach
and
oy Y7 GO (20 /0 » GO The method proposed _in Fhis wqu was gpplied to the
Vi _ &=l i il +Z J7ii representation of vapor—liquid equilibria using the trans-
MT) >r G, o Y 1%k Gy lated PRCRP equation of state associated with the van Laar,
0 » GO (20 /3, NRTL and modified UNIFAC activity coefficient models.
ﬁ _ Zm=1"m mj(fmj/ mj) Calculations were performed using the interaction param-
X v 5 (21) p g _ pare
Aij 2 i=1%kGp; eters taken from the DECHEMA Chemistry Data Series
ith ‘ (see [42-44]) for the van Laar and NRTL models and from
wit Gmehling et al. [31] for the modified UNIFAC model. Rele-
(g% —g%) vant pure-component properties used in this study are given
Gy =exp(—apt), 1) =—L—5t in Table 1
ij ijij/ ij RTO ’ In faple 1.
ij The binary mixtures studied to test our approach were
o (g?l. —82') 0 the methanol-benzene, acetone—water, acetone—methanol,
YiT TR Aji = xij = 2ij(T), oy =, water—methanol, water—ethanol, and water—2-propanol sys-
0 0 Y o tems. The interest of these systems, frequently studied by
G;=Gj; =1, 1, =1,;=0 (22) other investigators, is due to the fact that there are many
Table 1
Pure-component properties and parametaysm; and mp used in the translated PRCRP equation of state
Component  T¢ (K) Pc (bar) Th (K) mo m mp Tmin—Tmax (K) dP/p (%) Np Reference
Benzene 562.15 48.970 353.24 0.68993 2.25148 0.62126 287.70-354.07 0.04 19 [45]
294.16-378.15 0.05 19 [46]
Acetone 508.15 47.015 329.20 0.81844 1.68549 0.27537 310.83-329.17 0.02 8 [47]
273.05-328.43 0.05 13 [48]
Methanol 512.65 80.959 337.70 1.15812 1.15727 —0.13199 288.05-356.83 0.05 20 [49]
274.87-336.53 0.15 15 [50]
288.15-337.65 0.07 18 [51]
262.59-356.03 0.04 25 [52]
Ethanol 513.92 61.370 351.44 1.27246 1.63796 —0.05154 273.15-351.70 0.14 8 [53]
293.15-323.15 0.06 6 [54]
292.77-366.63 0.04 25 [49]
276.50-370.50 0.15 27 [52]
2-Propanol 508.40 47.642 355.76 1.30622 2.84267 0.43359 354.76-420.78 1.62 17 [55]
275.64-373.45 0.87 27 [52]
325.47-362.41 1.05 17 [49]
Water 647.37 221.200 373.15 0.85710 1.35795 0.16530 273.15-373.15 0.01 52 [56]
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Table 2
Vapor-liquid equilibrium deviations on pressu&®/P, and on vapor mole fractionsy, using the translated PRCRP equation of state associated with

activity coefficient modefs

System van Laar NRTL UNIFAC T2 (K)
SPIPP (%) 8Yy° 29, SPIPP (%) 8Yy° 29, SPIPP (%) 8y° 29,

Methanok-benzene 2.04 0.012 0.25 2.19 0.012 0.25 0.70 0.007 0.28 373.15
Acetone-water 3.27 0.014 0.22 3.37 0.014 0.22 422 0.018 0.22 373.15
Methanol-acetone 1.60 0.022 0.31 1.60 0.022 0.31 1.20 0.012 0.28 373.15
Methanol-water 1.40 0.010 0.23 1.42 0.010 0.23 2.54 0.009 0.27 373.15
Ethanol-water 1.16 0.005 0.23 1.15 0.005 0.23 1.61 0.008 0.23 343.15
2-Propanol-water 2.52 0.028 0.22 1.83 0.024 0.22 2.05 0.035 0.22 333.15

aScaling factors.9, determined at the reference temperatiif; data taken from DECHEMA Data Series [42-44].
bsp/p = (100/Np)zjv=91 ‘(Piexp_ Picak)/P,-exP|-
Coy = 1/Np iy [yEP — yeale].

i

Table 3
High-pressure vapor—liquid equilibrium deviations on presséifé?, and on vapor mole fractiongy, for binary mixtures using the Wong—Sandler and

the proposed methods

System T (K) Np Wong-Sandler This work
van Laar van Laar NRTL UNIFAC
SP/IP 8y SPIP 8y SPIP 8y SPIP 8y
Methanot-benzene 373.15 12 4.47 0.022 2.04 0.012 2.19 0.012 0.70 0.007
413.15 12 1.76 0.010 4.53 0.022 4.56 0.023 5.36 0.014
453.15 12 0.98 0.015 7.38 0.031 7.41 0.032 8.36 0.029
493.15 12 2.60 0.033 5.38 0.058 5.42 0.058 5.30 0.059
Total 48 2.45 0.020 4.83 0.031 4.89 0.031 4.93 0.027
Acetone-water 373.15 22 2.80 0.007 3.27 0.014 3.37 0.014 4.22 0.019
423.15 17 2.25 0.009 2.84 0.016 2.88 0.016 3.02 0.022
473.15 25 1.03 0.007 1.70 0.015 1.78 0.015 2.98 0.020
523.15 17 1.38 0.012 1.37 0.012 1.49 0.012 1.26 0.014
Total 81 1.84 0.008 2.30 0.014 2.38 0.014 2.96 0.019
Methanot-acetone 373.15 14 1.91 0.015 1.60 0.022 1.60 0.022 1.20 0.012
423.15 15 0.80 0.019 0.72 0.021 0.76 0.021 1.40 0.016
473.15 10 2.52 0.033 2.79 0.033 2.89 0.033 3.59 0.031
Total 39 1.64 0.021 1.57 0.024 1.61 0.024 1.89 0.018
Methanolwater 373.15 16 1.36 0.009 1.40 0.010 1.42 0.010 2.54 0.009
423.15 14 2.08 0.013 1.72 0.014 1.59 0.014 1.96 0.017
473.15 15 1.17 0.010 1.42 0.009 1.30 0.008 1.44 0.009
523.15 12 1.48 0.019 2.08 0.013 1.85 0.012 1.26 0.010
Total 57 1.51 0.012 1.63 0.011 1.52 0.011 1.84 0.011
Ethanolwater 423.15 17 3.86 0.017 1.78 0.011 1.82 0.010 2.29 0.014
473.15 17 2.25 0.007 1.39 0.010 1.47 0.011 1.92 0.013
523.15 16 1.13 0.008 0.95 0.009 0.99 0.008 1.02 0.009
548.15 11 2.01 0.017 1.33 0.009 1.39 0.009 1.09 0.010
573.15 7 1.73 0.015 0.57 0.010 0.50 0.010 0.68 0.012
598.15 7 2.12 0.017 0.95 0.003 0.87 0.003 0.47 0.003
623.15 4 0.36 0.003 0.23 0.002 0.30 0.002 0.48 0.003
Total 79 2.18 0.012 1.21 0.009 1.24 0.09 1.39 0.011
2-Propanol-water 423.15 19 1.81 0.016 2.53 0.024 2.81 0.028 4.84 0.030
473.15 18 1.40 0.016 1.90 0.017 2.54 0.021 4.33 0.023
523.15 13 4.94 0.025 1.35 0.016 1.27 0.019 1.52 0.022
548.15 18 6.98 0.035 1.91 0.019 111 0.023 1.22 0.022
573.15 6 4.68 0.042 1.33 0.043 0.93 0.045 1.19 0.045

Total 74 3.75 0.024 1.93 0.021 191 0.025 2.96 0.026
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phase equilibrium data reported at low and high pressures,factors were approximately of the same order of magnitude
which allows accuracy of the predictive methods to be (0.22§A‘1’2§0.25). For the UNIFAC model the scaling fac-
tested. In addition, the prediction of the vapor—liquid equi- tors were slightly different to those obtained with the van
libria for the ternary mixture acetone—methanol-water is Laar and NRTL models; however, an inspection of the val-
also considered. ues ofk(l’2 determined at the same temperature shows that
the differences between them are rather small. Therefore,
3.1. Vapor-liquid equilibria at the reference temperature it can be expected that the prediction of multicomponent
vapor—liquid equilibria would be satisfactory if a mean
The reference temperaturBl, used for each binary sys-  value; for the UNIFAC model is used.
tem studied is given in Table 2 together with the values of the
scaling factom‘fz, which were determined from vapor—liquid  3.2. Prediction of vapor—liquid equilibria at high pressures
equilibrium data at this temperature. The deviations obtained
between experimental and calculated vapor pressures and Binary vapor—liquid equilibrium calculations were per-
mole fractions are also reported in the same table. formed over a large range of temperatures and pressures
Through an examination of the results, the following using the activity coefficient parameters estimated at the
observations are made. Firstly, for the three models con-reference temperature together with temperature-dependent
sidered, the deviations on pressures and mole fractionsscaling factors.1o(T) estimated through Eq. (15). For com-
from experimental data are quite small in such a way that parison, the same vapor-liquid equilibrium calculations
it is possible to obtain a satisfactory representation of the were performed in a similar fashion as presented by Wong
vapor-liquid equilibria using the proposed method with et al. [13]. In fact, the method used was that reported in
reported activity coefficient parameters. Secondly, it can be a previous paper [12] by the same authors but using the
seen that in all the cases, the valuer§f was lower than ~ PRSV [28] equation of state in conjunction with the van
the scaling factoi,, estimated at infinite pressure refer- Laar model and scaling factors estimated by these authors.
ence (i.eA.~0.365). Comparable values b?z, except for The predictions of vapor-liquid equilibria obtained at high
the system methanol—acetonk(l)z(zosl), were obtained  temperatures with our proposed approach and that of Wong
with the van Laar and NRTL models. That is, the scaling etal [13] are givenin Table 3. Figs. 1-6 show the predictions

100

Pressure, bar

1 T T T T T T v T v
0 0.2 0.4 0.6 0.8 1

Mole fraction Methanol

Fig. 1. Vapor-liquid equilibria for the methanebenzene system using the translated PRCRP equation of state with the van Laar activity coefficient
model. Points are experimental data of Butcher and Medani [57].
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100

Pressure, bar
N
o

g
1F T T T T T T T T T
0

0.2 0.4 0.6 0.8 1
Mole fraction Acetone

Fig. 2. Vapor—liquid equilibria for the acetongvater system using the translated PRCRP equation of state with the van Laar activity coefficient model.
Points are experimental data of Griswold and Wong [58].

100

Pressure, bar

1 T T T T T T T T T

0 0.2 0.4 0.6 0.8 1
Mole fraction Methanol

Fig. 3. Vapor—liquid equilibria for the methanehcetone system using the translated PRCRP equation of state with the van Laar activity coefficient
model. Points are experimental data of Griswold and Wong [58].
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100

Pressure, bar

0 0.2 0.4 0.6 0.8 1
Mole fraction Methanol

Fig. 4. Vapor-liquid equilibria for the methanelvater system using the translated PRCRP equation of state with the van Laar activity coefficient model.
Points are experimental data of Griswold and Wong [58].

1000

250°C

Pressure, bar

1 T T T T T T T T T

0 0.2 0.4 0.6 0.8 1
Mole fraction Ethanol

Fig. 5. Vapor-liquid equilibria for the ethanelater system using the translated PRCRP equation of state and with van Laar activity coefficient model.
Points are experimental data of Barr-David and Dodge [59].
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1000 -

e® 300°C

p® 250°C

Pressure,bar

1 T T T T T T T T

0 0.2 0.4 0.6 0.8 1
Mole fraction 2-Propanol

Fig. 6. Vapor-liquid equilibria for the 2-propanelvater system using the translated PRCRP equation of state with the van Laar activity coefficient
model. Points are experimental data of Barr-David and Dodge [59].

obtained by us using the translated PRCRP equation of state For the acetone—water, acetone—methanol, and methanol-
associated with the van Laar activity coefficient model. water systems [58], with scaling factors estimated at
An inspection of Table 3 shows that the use of different 373.15K, the results obtained with the two methods were
excess free energy models using our approach does notomparable and very satisfactory even at high temperatures.
affect the accuracy of the predictions. In general, very similar Table 3 shows that the deviations between experimental and
results were obtained for the systems studied using the vancalculated pressures are in the range of 1-2%. Figs. 2-4
Laar, NRTL or UNIFAC model. Therefore, high-pressure illustrate the predictions obtained with our method. For the
vapor-liquid equilibrium predictions were equivalent re- ethanol-water and 2-propanol-water systems [59], how-
gardless of the model chosen, even if some binary mixturesever, a comparison between the two methods is less evident.
were better represented with a given model at the refer- That is, Wong et al[13] used isobaric vapor—liquid equilib-
ence temperature as, for instance, the methanol-benzene aium data for the estimation of their scaling factor while we
water—ethanol systems using the modified UNIFAC model considered only isothermal vapor—liquid equilibrium data
(see Table 2). for the estimation of our scaling factor. The overall relative
Table 3 also shows that there is a rather poor agreementdeviations obtained with the Wong and Sandler method are
between experimental and calculated vapor—liquid equilibria about 2 and 3% in pressure (see Table 3) for the systems
for the methanol-benzene system [57] using our approachethanol-water and 2-propanol-water, respectively, while
in comparison to that obtained with the Wong and San- those obtained with our method are about of 1 and 2%, which
dler [12] method. However, it is interesting to notice that is quite satisfactory. Figs. 5 and 6 illustrate these results.
Fig. 3 of Wong et al. [13] paper shows larger deviations at
373.15K than those obtained at greater temperatures even i3.3. Predictions of vapor—liquid equilibria at low and
their scaling factors were estimated at this temperature. Un-moderate pressures
fortunately, these authors gave no explanation to this incon-
sistency. Conversely, as can be seen in Table 3 and Fig. 1, Table 4 presents the predictions of the vapor-liquid equi-
our method shows that in so far as the temperature increasedjbria obtained at low and moderate pressures for the sys-
greater deviations are obtained; the overall relative deviation tems studied above by using the proposed and Wong—Sandler
in pressure being about 5% for this system. methods. This table shows that the results obtained using our
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Table 4
Vapor—liquid equilibria deviations on pressudR/P, and on vapor mole fractionsy, for binary mixtures at low and moderates pressures using the
Wong-Sandler and the proposed methods

T (K) Np Wong-Sandler This work Reference
van Laar van Laar NRTL UNIFAC
SPIP (%) 8y SP/IP (%) 3y SP/IP (%) 3y SPIP 8y
Methanot-benzene
288.15 11 9.00 2.38 2.41 2.84 [60]
298.15 28 10.22 5.09 5.07 5.24 [61]
298.15 9 9.79 0.040 3.55 0.019 3.51 0.020 4.10 0.021 [62]
298.15 11 8.77 2.75 2.73 2.99 [60]
308.15 8 6.57 2.66 2.66 2.64 [63]
308.15 9 10.41 0.059 4.65 0.023 4.60 0.024 4.89 0.029 [64]
308.15 11 8.42 2.92 2.90 2.99 [60]
311.65 7 8.51 0.037 3.46 0.010 3.39 0.010 4.16 0.011 [65]
313.15 14 6.95 0.052 3.11 0.027 3.14 0.026 2.71 0.033 [66]
313.15 15 6.16 2.69 2.72 2.35 [67]
318.15 11 8.00 2.92 2.90 2.84 [60]
328.15 5 14.34 0.080 4.83 0.025 4.59 0.024 6.45 0.034 [68]
328.15 9 10.17 0.058 4.61 0.022 4.56 0.022 4.64 0.025 [64]
328.15 11 7.55 2.83 2.86 2.57 [60]
363.15 6 5.97 0.026 1.63 0.020 1.79 0.021 0.92 0.015 [69]
373.15 12 4.47 0.022 2.04 0.012 2.19 0.012 0.70 0.070 [57]
Total 177 8.37 0.046 3.38 0.020 3.38 0.020 3.36 0.023
Acetone-water
288.15 13 10.57 12.31 11.97 10.62 [70]
298.15 13 8.57 10.36 9.85 9.92 [70]
303.15 5 6.73 5.35 4.97 4.21 [71]
308.15 5 6.87 3.98 3.62 2.74 [71]
308.15 13 7.06 6.97 6.67 6.77 [70]
308.15 21 6.03 0.018 4.66 0.015 4.34 0.015 5.32 0.012 [72]
318.15 13 5.78 4.32 4.06 4.18 [70]
323.15 17 3.83 2.35 2.10 1.79 [73]
373.15 22 2.80 0.007 3.27 0.014 3.37 0.014 4.22 0.019 [74]
Total 122 6.06 0.012 5.70 0.015 5.47 0.014 5.57 0.016
Methanot-acetone
288.15 10 1.75 3.40 3.25 2.63 [75]
298.15 10 1.54 1.13 0.97 1.69 [75]
298.15 14 3.33 0.038 5.08 0.052 5.01 0.050 4.96 0.043 [76]
308.15 10 0.98 1.22 1.09 2.22 [75]
318.15 10 0.85 1.97 1.85 1.62 [75]
323.15 4 1.73 3.40 3.35 3.15 [77]
323.15 28 2.03 3.99 3.90 3.51 [78]
328.15 10 3.09 1.76 1.74 0.83 [75]
Total 96 2.01 0.038 3.03 0.052 2.94 0.050 2.81 0.043
Methanolwater
298.15 8 2.91 4.80 5.16 4.79 [79]
298.15 10 1.17 0.005 2.90 0.009 3.30 0.011 3.64 0.006 [80]
308.15 13 1.07 0.009 1.66 0.013 1.79 0.015 1.71 0.010 [81]
313.15 10 0.94 0.005 0.78 0.006 0.83 0.006 0.88 0.002 [82]
313.15 15 3.24 0.013 5.20 0.019 6.03 0.022 4.94 0.019 [83]
313.15 10 2.24 3.07 3.41 3.61 [84]
32291 13 2.99 0.020 3.60 0.024 3.95 0.024 3.62 0.018 [85]
323.15 8 1.55 1.86 2.00 1.65 [79]
323.15 13 1.00 0.010 1.62 0.014 1.74 0.016 0.77 0.009 [81]
333.15 12 1.38 0.012 2.23 0.017 2.36 0.017 0.67 0.008 [86]
333.15 7 1.61 1.76 1.52 0.85 [87]
338.15 12 0.82 0.006 1.22 0.009 1.21 0.009 0.70 0.004 [81]
373.15 16 1.36 0.009 1.40 0.010 1.42 0.010 2.54 0.009 [57]
413.15 6 1.96 0.009 1.69 0.012 1.45 0.011 1.10 0.008 [88]

Total 153 1.73 0.010 2.45 0.014 2.65 0.014 2.33 0.010
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Table 4 Continued

T (K) Np Wong-Sandler This work Reference
van Laar van Laar NRTL UNIFAC
SPIP (%) 3y SPIP (%) 3y SPIP (%) 3y SPIP 3y

Ethanolwater
293.15 19 5.24 5.67 5.49 4.49 [89]
298.15 12 7.01 0.038 5.22 0.026 5.26 0.026 4.32 0.018 [90]
303.15 25 4.67 0.022 331 0.020 3.24 0.020 2.85 0.015 [91]
313.15 12 5.22 0.021 3.26 0.036 3.20 0.036 2.56 0.034 [92]
313.15 19 4.79 3.45 3.30 243 [89]
313.15 12 7.34 0.031 1.90 0.012 191 0.012 1.37 0.009 [93]
323.15 8 6.25 1.71 1.79 1.22 [79]
323.15 9 6.14 0.036 1.14 0.004 1.21 0.005 0.91 0.008 [94]
323.15 26 4.89 0.025 1.07 0.008 1.01 0.007 0.73 0.004 [91]
327.96 12 6.58 0.042 1.27 0.010 1.35 0.009 0.85 0.011 [95]
328.15 13 7.53 0.030 0.53 0.008 0.50 0.008 0.59 0.007 [93]
343.15 13 7.66 0.029 1.16 0.005 1.15 0.005 161 0.008 [93]
343.15 26 5.13 0.026 0.46 0.002 0.45 0.002 0.72 0.005 [91]
348.15 7 7.07 0.042 0.58 0.008 0.57 0.008 1.28 0.014 [94]
363.15 26 5.31 0.025 1.18 0.006 1.22 0.006 1.46 0.010 [91]
Total 239 5.74 0.028 2.16 0.011 2.13 0.011 1.86 0.011

2-Propanctwater
303.15 18 6.98 0.039 6.57 0.039 5.93 0.030 3.23 0.026 [96]
308.15 8 5.23 0.027 9.57 0.041 8.65 0.026 4.69 0.022 [97]
318.15 18 6.21 0.048 3.66 0.023 3.30 0.021 1.49 0.025 [96]
318.15 8 5.37 0.028 6.58 0.031 5.77 0.017 2.22 0.014 [97]
333.15 18 5.34 0.048 2.52 0.028 1.83 0.024 2.05 0.035 [96]
338.15 8 5.19 0.025 2.79 0.018 2.00 0.007 1.58 0.010 [97]
423.15 19 181 0.016 2.53 0.024 2.81 0.028 4.84 0.030 [59]
Total 97 5.10 0.034 4.42 0.029 3.96 0.024 291 0.025

method are about of the same order of magnitude whichevermethod worse results were obtained in so far as the temper-
the excess free energy model considered. ature decreases.

An examination of Table 4 shows that for the methanol-  For the systems, acetone—methanol and methanol-water,
benzene system, the deviations between experimental andjood predictions were obtained with the two methods;
calculated pressures are about 3 and 8% with our methodhowever, smaller deviations from experimental pressures
and that of Wong and Sandler, respectively. As expected, inwere obtained with the Wong—Sandler method. On the
accordance with the predictions at high temperatures, the re-contrary, bad predictions of the vapor-liquid equilibria
sults obtained at lower and moderates temperatures using ouwere obtained with both methods for the acetone—water
method were more satisfactory while with the Wong—Sandler system.

Table 5
Vapor-liquid equilibrium deviations on pressus®/P, and on vapor mole fractionsy, using the modified translated PRCRP equation of state associated
with activity coefficient modefs

System Temperature or pressure  Np Van Laar NRTL UNIFAC
SPIP (%) 3y SP/IP (%) 3y SP/IP (%) 8y
Acetone-methanol-water 373.15K 51 6.58 0.044 481 0.037 5.18 0.047
523.15K 57 3.93 0.015 2.76 0.013 3.44 0.015
1.013 bar 58 5.56 0.050 5.13 0.049 6.75 0.069
1.013 bar 54 6.63 0.025 5.07 0.021 2.25 0.015
Total 220 5.64 0.033 4.43 0.030 4.42 0.037

aData taken from DECHEMA Chemistry Data Series [44].
b Taken from Griswold and Wong [58].
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For the ethanol-water and 2-propanol-water systems, the5. Nomenclature

deviations are in the range of about 1.9 and 3.5% in pressure
with our method while with the Wong—Sandler method the a
deviations were of 5.6 and 5.1%, respectively. ap
On the basis of the results reported above, it could be g,
said that the choice of the activity coefficient model (van ag
Laar, NRTL or UNIFAC) does not significantly affect the A
prediction of the vapor-liquid equilibria for the systems A
studied. That is, the predictions obtained show that the pro- AE
posed method and that of Wong and Sandler gave similar pA*
results at high pressures; however, it seems that more accua,;
rate predictions are obtained with the proposed method at

low pressures. b

B
3.4. Prediction of vapor—liquid equilibria for ternary Cij
systems

E(T,x)

Vapor-liquid equilibria for the ternary system acetone— E;;
methanol-water at different temperatures and pressures are
given in Table 5. The calculations were performed with the F()
corresponding binary scaling factoks; for thg van Laar 0ij
and NRTL models and with the mean valugs of each Gij
component for the UNIFAC model. ki;

An inspection of this table shows that results obtained my, mp
with the NRTL and UNIFAC models were more satisfactory
than those obtained with the van Laar model. However, all mg
ternary predictions could be considered satisfactory sinceN,
the only necessary information required in these calcula- P
tions were the reported activity coefficient parameters at the p
reference temperature and a scaling factor estimated at theQ(s)

same temperature. Qn)
R

4. Conclusions T
To

A simple and thermodynamically consistent method to y
predict vapor—liquid equilibria in a large range of temper- x;
atures and pressures has been presented. The method i
based on a similar principle as that developed by Wong y;
and Sandler, which requires solely the activity coefficient z
parameters reported in the literature at a single temperatureg;
Nonetheless, this method is more general in the sense that it
can be applied to either cubic or non-cubic equations of state

equation of state energy parameter
pure-component parametafT), T=Ty,
pure-component parameta(T), T<Ty
pure-component parametafT), T>Ty,
Helmholtz free energy of the mixture

molar Helmholtz free energy

excess Helmholtz free energy

Helmholtz free energy at the ideal gas state
binary interaction parameter of the van Laar
activity coefficient

equation of state size parameter, co-volume
second virial coefficient

binary coefficient parameter of the van Laar
model

residual excess function

interaction parameter in the excess function
formalism

packing fraction function

local composition factor for the NRTL model
NRTL model parameter

interaction parameter in the mixing rule
equation of state adjustable parameters for
pure-component

parameter, Eq. (B.5)

number of experimental points

pressure

number of components

packing fraction function

derivative of packing fraction function with
respect to;

gas constant

temperature

normal boiling temperature point

molar volume

liquid mole fraction of componerit
temperature-dependent parameter, Eq. (B.4)
vapor mole fraction of component
compressibility factor

compressibility factor of component

excess compressibility factor

since the proposed method is based on the constant packingreek letters

fraction reference. The proposed method, contrary to the %;;
Wong and Sandler method assures a linear mixing rule for 8
co-volumes which simplifies its application in existing rou- ;
tines to calculate multi-component vapor—liquid equilibria. ¥
In addition, a generalization of the van Laar activity coef-
ficient model to be applied to multicomponent mixtures has ¥
been developed. yE
Finally, the results of vapor-liquid equilibria obtained
with different activity coefficient models (van Laar, NRTL, y,.C
and UNIFAC) show that our method gives similar and some- 5
times better predictions at low pressures than those obtainedy;;
with the Wong—Sandler method. Moo

NRTL model binary parameter

parameter, Eq. (15)

correlation parametes; = \/a/b;

factor characterizing a given cubic equation
of state

activity coefficient of componerit
combinatorial part of UNIFAC activity
coefficient

residual part of UNIFAC activity coefficient
constant packing fractiom=b/v

binary scaling factor

limit scaling factor (infinite temperature)
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0

L2y NRTL model binary parameter

Ko, K1 PRSV equation-of-state parameters

1) acentric factor

Subscripts

c critical property

i, kI, m component index

s} infinite pressure or temperature state

Superscripts

calc calculated property

exp experimental property

E excess property

0 property at the reference temperatlire
* referent to ideal state

Appendix A. Excess functions and reference to infinite
pressure or constant packing fraction for cubic
equations of state

The molar excess Helmholtz free energy for a mixture

of p components derived from a cubic equation of state, at ©

constant temperature and pressure, can be written as:

E __ Pbd-—m] _a
AR(T, P, x)= RTIn[ R ] S0
a Pb: (1 — ;)
rry i [P0 0]
i=1 RTnl
p a;
+;xib—iQ(m) (A1)
where
n d
o) = / o' (m— (A2)
n=0 n

with Q(n)=n for the van der Waals equation ai@(n)=
In [(A4c2n)/(1+c1n))/(c2—cq) for all other cubic equations
of state (e.g. SRK and PRg; andc; being two constants
characterizing the specific equation of state.

For a given model of the excess free eneAjy, the ratio
a/b for a mixture withp components can, in turn, be written
as:

a 1 S [PBA-m)] N ai
>~ 0w {RT;"‘ n | %;’“5“"”
Pb(1 — 1) _4E
—RTIn [—RTn } AE(T, P,x)} (A.3)

which must be independent af to be introduced in the
equation of state.

If the infinite pressure reference (see [1]) is introduced
into Eq. (A.3), it can be rewritten as

99

" a AE(T,x)
=Dy -

i=1

a
5 i . (A.4)
where A, is the limit value of the scaling factor as the
temperature goes to infinite and it is equal3f;=1) given
in Eq. (A.2). For the Peng—Robinson equation of staie =
—(1/4/2)In(v/2 — 1), while for translated Peng—Robinson
[40] equation of statej.o=—(1/cp)In (1+c1) with ¢» =
24 2v/2.

If the packing fractiory of the mixture at given temper-
ature and pressure is assumed to satisfy the relation

n=—=mn=— (A-5)

v V;
wherev; is the molar volume of componernt,evaluated at
temperaturel’ and under a pressure leading to the constant
packing fraction of the mixture, and if the excess Helmholtz
energy is assumed to be the sum of the athermal term of
the Flory-type model [30] and of the residual teﬁﬁes =
E(T,x)Q(n), then Eq. (A.3) can be expressed as

p .
a4 _ Zx,%" —E(T,x) (A.6)

i=1 !

which is equivalent to Eq. (A.4) by using the following
relation

AE (T, x)

E(T,x) = S
o

(A7)

Thus, we have shown that for equations of state, the refer-
ence states at infinite pressure or constant packing fraction,
n, are equivalent.

Appendix B. The translated PRCRP equation of state

The translated PRCRP equation of state [40] was estab-
lished through Egs. (6)—(9) in conjunction with constants
c1=0 andc, = 2 + 2+/2. For pure components, parameters
a andb are estimated as:

if T<Ty

if T > 1.25T}
if Ty <T < 1.25T}

am
ds
Xas + (1 - X)am

(B.1)

where

am=ao {1+m1 [1— (%)1/2} — m3 <1— %)} (B.2)
omefonfe ()

and

B (T — Tp)?
" (T — Tp)? + (L.25T — T)?

(B.4)
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where ag is the value of parametea(T) estimated at the
normal boiling temperaturdy, and parametera., b, and
mp are, in turn, estimated from the critical properties and
normal boiling temperature of pure components, i.e.

R2T?2
ac = o.45724p—c (B.5)
C
(ao/ac)/* — 1
o= W0l 2 (B.6)
1— (Tp/ To)Y
RT,
< (B.7)

b =0.045572—
Pc
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